Solids Mixing and Circulation in Gas

Fluidized Beds

The circulation of solids in gas fluidized beds is known
to be responsible for their unique characteristics. Yet,
very few quantitative results have been published in the
literature, The problem of different experimental condi-
tions prevents a comparison among the published values
for solids diffusion coeflicients (1, 2, 10, 12, 14). Tailby
and Cocquerel (17, 18) and Littman (II) report that
their solids mixing data did not produce constant diffu-
sion coefficients, while May (14) states that the presence
of a gross circulation pattern makes his solids diffusion
data erratic. Some mixing data are reported in terms of
qualitative concepts (17) or partially reported in terms
of arbitrarily defined mixing indices (16)}. Another recent
study (9) considers the use of gas fluidization for blend-
ing two solids which differ in particle size and specific
gravity.

Particle velocities were observed by high-speed photog-
raphy of marked particles through a transparent bed wall
(18, 20, 21) or of opaque traced particles by X-rays (6)
and by timing the movement of traced particles from top
to bottom of a bed (7). The latter is the only published work
reporting bulk velocities of solids in gas fluidized beds.
The three methods gave widely different results. Accord-
ing to Leva (8), the main reason for the disagreement is
linked with particle shape. However, regardless of the
different particles and bed diameters involved, the three
methods could not be expected to have given the same
results since the first measured a mean particle velocity
at the bed wall, the second a similar mean at the interior
of the bed, and the third a mean movement down through
the whole bed. Microscopic and macroscopic treatments
of fluidized beds cannot be expected to yield the same
results. In this study the macroscopic approach was em-

ployed.

MODEL AND CHOICE OF EXPERIMENTAL CONDITIONS

Consider the two-region bed illustrated in Figure 1.
The solids in both bed regions have the same denSIty but
may or may not have the same mean particle size pro-
vided that (D/Dp) is sufficiently high to avoid wall ef-
fects. Neglecting horizontal solids movement components,
the variations of x and y with time are supposed to be
established by a vertical up-and-down solids movement
which is induced by the upward flow of air. In absence
of wall effects, M1 and M2 will not vary with time; that is,
upward and downward flows of solids will be equal.

A tracer balance for each one of the two bed sections
will yield the following pair of differential equations (4,
22).
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Fig. 1. Fluidized bed solids circulation model.
d
Mlﬁ—w(y—x) (1)
d
Mzd—’:f=w(x—y) (2)

where w is defined as the macroscopic steady state solids
circulation rate, mass per unit time, at any cross-sectional
area of the bed. The initial conditions are

t=0,x=a (3)
t=0,y=> (4)
Simultaneous solution of Equations (1) and (2) yields
a—Db

"L T Mu/Mz2) x— (My/Ms) a—b

When the total initial tracer quantity equals the total
solids in the upper section, that is

Mia + Ma2b — M (6)
Equation (5) takes the form
1
"L+ Mi/Mz) x— (Mi/Mz)
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1 1
=w(m+m)t—ln (a—b) (7)

A similar equation can also be derived for y.

According to Equation (7), the logarithmic expression
on its left-hand side is linear with (1/M1 + 1/M2)¢ with
a slope of linearity equal to w. Theoretically, only one
observation of (#; x) will determine w provided that
the values of ¢ and b are known. However, the prefluidi-
zation values of @ and b may or may not correspond to
the intercept of the straight line fit of the data in ac-
cordance with Equation (7). This depends on the rapidity
of the transition to steady state solids circulation upon the
introduction of air and, to a lesser degree, on the instan-
taneousness of the reaction of the operator with the stop-
watch. Therefore, at least two observations of (f; x) will
be required to evaluate two unknowns in Equation (7):
the slope w and the intercept In(a — b). In any case
several observations of (#; x) at constant air flow rate
should be made and w determined by a best straight line
fit of the data in accordance with Equation (7).

When one solves for x and the equation is rearranged,
x can be related to a dimensionless time variable,
wt/ (M1 + M2), which is the fraction of bed turnover
time (19). Curves of x vs. wt/ (M1 -+ Ms) at constant
values of (M1/Mz) show clearly that the measurable
ranges of x(or ¥ — xss) decrease and their corresponding
time ranges increase with increasing values of (M1/Mz).
Experimentation at either too low or too high values of
(M1/M2) will make w very sensitive to the accuracy of
(¢; x) observations. In between these extremes lies an
optimum value of (M1/M2). The above-mentioned curves
(19) indicate that the optimum range of experimentation
will be at (M1/Mz2) of 0.1, or 10% tracer, and this tracer
ratio was predominantly used in this study. Few data were
taken with 209% tracer.

The model can also be used to investigate the relation,
if any, between bed turnover and bed tracer uniformity
(19). At bed turnover

w= (M1 + M)/t (8)

When Equation (8) is substituted into (7) and rear-
ranged, it can be shown (19) that at bed turnover the
approach to tracer uniformity, (x — xss), is a function
of (M1/Mz) only. For values of (Mi/Ms) up to and in-
cluding 0.10, (x — xss) is zero for all practical purposes.
For values of (M1/M2) higher than 0.10, the deviations
of (x — xss) from zero become relatively appreciable.
Leva and Grummer (7) assumed complete association
between tracer uniformity and bed turnover. The fore-
going discussion starting with Equation (8) could have
given them a better justification for doing so at (M1/M?2)
= 0.10.

Zenz and Othmer (22) used an equation similar to
Equation (7) to calculate values of w from the data of
Leva and Grummer (7) and Koble (5). In the former
case they assumed that Leva and Grummer’s visual uni-
formity observations were quantitatively 99.9% of perfect
mixing. In view of Equation (8), this assumption was
not necessary. In the second case Zenz and Othmer (22)
calculated w’s from Koble’s mixing data obtained after
15, 30, and 40 sec. of fluidization. It was not noticed
however that Koble (5) used a continuous sampling tech-
nique; that is, the total bed weight (M1 + M2) and the
individual weights of tracer (M1) and nontracer (Mz),
all varied with time in a stepwise manner. In such a case
Equation (7) can be used to calculate w’s provided that
the size of each sample is known, and thus the equation
can be applied to any time interval between samples em-
ploying the bed weights (M1 and Mz) existing during the
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time interval considered. Koble did not report his sample
sizes. Therefore, Equation (7) can be applied to the first
15 sec. time interval only for which the initial bed weights
of My = 1 and M2 = 9 are applicable.

In this study the data of Leva and Grummer (7) were
reinterpreted by the use of Equation (8), and one pos-
sible value of w was calculated from the data of Koble
(5) as outlined above. All these reinterpreted data were
combined with newly obtained data for correlation pur-
poses.

EXPERIMENTAL

Tracer Technique

The requirements initially set for the tracer were that it
should have the same density and mean particle size as the un-
traced material and yet be readily analyzed when in mixtures
with nontracer. The study was later extended to the use of
tracer and nontracer of different mean particle sizes. However,
the same particle density was maintained in both bed regions
in all runs.

When tracer and nontracer had the same density and mean
particle size, various techniques were considered (19). The one
successfully used was the employment of oven-dry strongly
acidic cation exchange resin, Dowex 50W X 8 in the hydrogen
and sodium forms, heretofore designated as DH and DNa re-
spectively. The spherically shaped solids were available in two
nominal mesh classifications: 20 to 50 and 50 to 100. DNa was
employed as tracer in beds of DH. Samples were chemically
analyzed and remaining solids in the bed were regenerated
for reuse.

When tracer and nontracer had different mean particle sizes,
screening was the obvious analysis technique. Minus 40 United
States mesh resin was used as tracer in beds of plus 40 United
States mesh resin and vice versa.

Equipment

The basic flow diagram of the system used is shown in Fig-
ure 2. Column and bed support details are shown in Figure 3.
The inside circumferential area of the sampling nozzles as well
as the inner facings of the stoppers were all curved to the inside
curvature of the tube to avoid any interference. The distribu-
tion plate was designed for 40% of the maximum anticipated
bed pressure drop of 0.9 Ib./sq. in., corresponding to a maxi-
mum anticipated bed height (before slugging) of 6 diam. (see
below.)

Procedure

With each one of the two solids used, orienting runs were
first made to determine the maximum possible bed height and to
set the air flow rates to be used later during the actual mixing
runs, It was found that slugging occurred at bed heights of 5.5
to 6 diam. A bed height of 5.5 diam. was chosen and used in
all the 10% tracer mixing runs. The 20% tracer mixing data
were taken with overall bed heights of 4.8 diam.

When tracer and nontracer had the same Dp with tracer
located at the top of the bed, a typical run consisted of first
charging the column with DH up to 5.5-diam. height. The
blower was then started and the globe valve and/or plug valve
positions were set to the desired air flow rate. The blower was
then stopped and the upper portion of the bed (0.5 diam. high)
withdrawn through and down to the top nozzle and replaced
with the same quantity of DNa, the weights of both solids (M2
and M1) being recorded. Fluidization was now restarted and
time measured by a stopwatch from the onset of fluidization to
any desired duration. The run was terminated by a fast shutoff
of the plug valve. No deaeration problems were encountered
with the particle sizes involved. The bed was then sampled
through each one of the top five nozzles starting from the top
and proceeding down the column, removing through each nozzle
all the solids above it. Six batches were thus obtained all ready
for chemical analysis. Samples were withdrawn from each batch

“and their composition analyzed till all the tracer (=M1) was

accounted for. This resulted in a minimum of three analyses
per batch.

When tracer and nontracer had different mean particle sizes
with tracer located at either end of the bed, fluidization curves
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had to be obtained for each tracer location and for each combi-
nation of particle sizes. The procedure, except for the analysis
technique, was the same as previously described.

SOLIDS MIXING DATA

Three major categories of mixing data were taken:

1. Tracer and nontracer of same mean particle size
with tracer located at the top of the bed (10 and 20%
tracer).

2. Tracer and nontracer of same mean particle size
with tracer located at the bottom of the bed (10 to 11%
tracer).

3. Tracer and nontracer of different mean particle sizes
with tracer located at either end of the bed (10 to 11%
tracer).

For each particle size (Dp1 = Dp2) or combination of
particle sizes (Dp1 s Dpz), the data consisted of run
series with each series corresponding to an essentially
constant air flow rate. Each run series was in tum com-
posed of single mixing runs of different durations.

Figure 4 shows straight line fits of data in accordance
with Equation (7). For complete data see reference 19%,

With Dp: s Dpe, fluidization could not be achieved
unless the air flow rate was higher than the minimum re-
quired to fluidize the larger particle size bed region. Even
then, great difficulties were encountered in initiating
fluidization whenever larger particles were present on
top of smaller ones; that is, Dp1 > Dpz with Dp1 located
at the top of the bed or Dp1 < Dpz with Dp1 located at
the bottom of the bed. In the first case severe slugging
occurred at the top of the bed and in the second case
slagging occurred at the bottom of the bed with the en-
tire bed, tracer and nontracer, both unmixed, rising up
the column as a slug, 5.5 diam. high. In both cases mix-
ing was finally achieved by tapping the column at the
shugging region. In most cases tapping resulted in the
downward drop of the slugging bed portion and the on-
set of fluidization. In other cases the downward drop of
the slugs owing to tapping resulted in a stagnant bed.
Fluidization could then be restarted by reslugging and
tapping; however, repeated cycles of operation made
such runs useless owing to the irreproducibility of the
initial tracer conditions at ¢ = 0.

SOLIDS CIRCULATION RATES, DATA, AND
CORRELATION

The solids circulation rates, w, as calculated from the
mixing data were in terms of mass per unit time. In all

* Microfilm_or other copies are obtainable from University Microfilms,
University of Michigan, Ann Arbor, Michigan.
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cases the calculated values of w were multiplied by 3,600
and divided by the cross-sectional area of the column in-
volved to obtain values of W, 1b./ (hr.) (sq. ft.). Over the
range of bed diameters studied, the presentation of the
solids circulation rates on a superficial basis eliminated
the parameter of bed diameter from the correlation that
will be subsequently presented.

Correlation of solids circulation rates was first sought
for the Dp1 = Dp2 data since in this case there was no
question as to the mean particle size to be used. The re-
sulting correlation made way for the interpretation of the
Dp: % Dps data.

It was found that for each mean particle size involved,
the superficial solids circulation rate W was linear with
the excess of superficial air flow rate over the minimum
required for fluidization, or

W = m(G — Gmny) (9)

where m, defined as W/ (G — Gny), was termed the solids
circulation ratio. The solids circulation ratios were in turn
found to vary exponentially with the mean particle size
only, or

m = 654¢—1685 Dr (10)
When Equations (9) and (10) are combined
W = 654 [ (G — Gmy) e~1685D ] (11)

which is graphically shown in Figure 5. Rectangular co-
ordinates could yield the same straight line shown in Fig-
ure 5, however, the log-log coordinates used indicate more
clearly the range of data taken in this study with respect
to the reinterpreted data from the literature.

Equation (11) or Figure 5, the finally obtained cor-
relation of solids circulation rates in gas fluidized beds,
covers the following range of variables:

0.00264 to 0.0257 in.
mixed and uniform

Particle size
Particle size distribution
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75 to 165 Ib./cu. ft.
granular to spherical

Bed diameter 1.32 to 4.00 in.

(G — Gmy) 0 to 250 1b./ (hr.) (sq. ft.)

The average standard deviation is 23%.

In the presentation of the solids circulation rates cal-
culated from the Dp1 s Dp: mixing data, the question
arose as to which Gms and Dp were to be used in the ab-
scissa of Figure 5. The corresponding fluidization curves
indicated that the Gms value of the larger particles was
the only one that could be logically used. Once this was
established, the data points were plotted as W wvs.
(G — Gms) and they were found to cluster the zone cor-
responding to the Dp of the smaller particles regardless
of whether the smaller particles were used as a tracer or
non-tracer; that is, the circulation ratio of the smaller
particles was controlling. Thus, the Gms of the larger
particles and the Dp of the smaller particles were used
respectively in the numerator and denominator of the
abscissa of Figure 5 for presentation of the W’s related to
the Dp1 # Dpz mixing data. The single point of Koble
(5) is presented in the same manner.

Particle density
Particle shape

DISCUSSION

The tracer gradients obtained did not render themselves
to diffusional treatment. The diffusion concept could ap-
ply superficially when the tracer concentration of the
initially traced region stays maximum at all times. How-
ever, in many cases the tracer concentration of some bed
section of the initially untraced region passed through a
maximum and this is the phenomenon that made May’s
diffusion data (I4) erratic. The model used employs
average bulk tracer contents for each one of the two bed
regions involved. Yet, despite the presence of gradients,
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Fig. 4. The straight line fit of the data in accordance with
Equation (7). = 310-368 Ib./hr./sq. ft., Pp1 = Dps =
0.0257 in. Tracer initially at the top of the bed.
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the model holds; that is, the data follow the straight line
fit suggested by the model. This is not a paradox. The solids
flowing into any bed region are entrained from all the
sections of the other region. Thus, the bed region in
question senses a solids input with a tracer concentra-
tion close to the average of the entire other region. This
average tracer concentration is identical to that obtained
with complete mixing within the region. However, the
assumption of perfect instantaneous mixing in each bed
region is not necessary.

The sizes of the two regions undergoing mixing are
fixed. There is a tracer concentration discontinuity at the
boundary of the two bed regions at ¢ = 0 and the mixing
data show this discontinuity during the unsteady state
mixing process too, that is, while the tracer content of the
initially traced region (M1) goes down with time, that of
the initially untraced region (M2) goes up with time. The
model concerns itself with the solids transfer across the
initial boundary between the two bed regions and this
boundary corresponds to a given ratio of M; over M»
throughout the mixing run. (Mi/M:) and w are the
model's two parameters while the diffusion model has
only one parameter. Since one more parameter is used,
better fit of the data is expected. However, only one
parameter, W, correlates against the system variables and
the improvement of the resulting correlation is reflected
in the range of variables it covers.

The mutual agreement of the solids circulation rates
obtained with tracer located at either end of the bed is
of major significance. The literature reports the presence
of inactive bottom bed portions and this was directly re-
lated to the gas distributor design (3). From the stand-
point of the superficial mass solids circulation rate, no
performance deficiencies were encountered with the dis-
tribution device described in Figure 3. It may now be
concluded that solids mass circulation rates in gas fluid-
ized beds are not affected by the gas distributor as long as
the latter is properly designed for effective gas distribu-
tion (for example, 40% of bed pressure drop).
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The solids circulation rates presented in this study do
not apply to channeling or slugging beds, nor do they
apply to any performance deficiencies resulting from im-
properly designed distributors. The latter, to the degree
that they are present, affect the expansion behavior of the
bed (8). But bed expansion does not affect the superficial
mass circulation rate of the solids. It is, however, of major
importance when bulk linear velocities are sought, such
as were calculated by Leva and Grummer (7). The super-
ficial mass circulation rate can be considered as the prod-
uct of the solids bulk linear velocity and the bulk density
of the bed, or

W = us po (12)
When one solves for us and substitutes for po
w
Us = ————— (13)
ps(l—e¢)

where e is a function of several variables other than Dp,
such as particle shape, particle size distribution, and gas
distributor design. According to Equation (13), two beds,
or two regions within a bed, having the same W may not
have the same us, the latter being a function of solids
density and local voidage, or any variables affecting void-
age. The advantage of the mass circulation concept is
thus obvious.

The extension of this study to larger beds is highly
recommended. Solids circulation and mixing in gas fluid-
ized beds are essentially caused by gas bubbles moving
through the bed (15). This is well reflected by the fact
that (G — Gmy) is one of the two factors affecting W. It
is well known by observations that when fluidizing with
gas, all the fluid in excess of that required for incipient
fluidization passes through the bed as bubbles. This di-
rect relationship between solids circulation and gas bub-
bles complicates the applicability of the results of this
study to larger size equipment.

The foregoing discussion does not take anything away
from the value of the results obtained thus far. The cor-
relation presented constitutes an agreement of data from
different sources and this is the first time that such an
agreement has been obtained.

CONCLUSIONS

1. The factors affecting the superficial mass solids cir-
culation rates in gas fluidized beds are the mean particle
size and the excess of superficial mass gas flow rate over
the minimum required for fluidization.

2. For any given mean particle size, the superficial mass
solids circulation rate is linearly proportional to the excess
of superficial mass gas flow rate over that required for
incipient fluidization with slopes of linearity, termed cir-
culation ratios, which are a function of the mean particle
size only.

3. The solids circulation ratios in gas fluidized beds
vary exponentially with the mean particle size.
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NOTATION

a = tracer weight fraction of an originally traced bed
region at £ = 0

b = tracer weight fraction of an originally untraced
bed region at ¢ = 0

D = bed internal diameter, in.
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Dp = mean particle size, in.

Dp1 = mean particle size of an originally traced bed
region, in.

Dp: = mean particle size of an originally untraced bed
region, in.

e = base of natural logarithms

G = superficial mass air flow rate, 1b./(hr.) (sq. ft.)

Gms = minimum superficial mass air flow rate required
for fluidization, Ib./ (hr.) (sq. ft.)

M: = weight of an initially traced bed region, Ib.

M: = weight of an initially untraced bed region, Ib.

m = solids circulation ratio in gas fluidized beds =
W/ (G — Gms), dimensionless

t = elapsed time, sec.

us = solids bulk linear velocity, ft./hr.

W = superficial mass solids circulation rate in gas
fluidized beds, Ib./ (hr.) (sq. ft.)

w = mass solids circulation in gas fluidized beds, Ib./
sec.

x = tracer weight fraction of an originally traced bed
region at any given time ¢

xss = steady state tracer weight fraction of the bed =
Mi/ (M1 + Me2).

y = tracer weight fraction of an originally untraced
bed region at any given time ¢

€ = fractional bed voidage

po = bulk bed density = ps(1 — ¢), 1b./cu. ft.

ps = true solids density, lb./cu. ft.
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